A systematic design strategy for spiral-wound gas separation systems is studied using a recently proposed algebraic permeator model (Qi and Henson, Approximate modeling of spiral-wound gas permeators, J. Membrane Sci. 121 (1996) 11-24). Nonlinear programming (NLP) is used to determine operating conditions which satisfy the separation requirements while minimizing the annual process cost. The design method is applied to the separation of CO 2 /CH 4 mixtures in natural gas treatment and enhanced oil recovery applications. It is shown that a two-stage configuration with permeate recycle and a three-stage configuration with residue recycle are suitable for natural gas treatment, while a three-stage configuration with both permeate and residue recycle is appropriate for enhanced oil recovery. Parameter sensitivities are analyzed by changing operating conditions, membrane properties, and economic parameters. The optimization procedure is sufficiently robust to handle multi-stage configurations with very demanding separation requirements. The proposed NLP design method facilitates the development of mixed-integer nonlinear programming design strategies which allow simultaneous optimization of the permeator configuration and operating conditions.
Gas separation membranes are widely used for
hydrogen recovery, air separation, and natural gas U f feed gas flow rate for each permeator (mol/s)
processing [1] [2] [3] . The success of membrane systems In natural gas treatment applications, the feed The economic viability of a gas membrane duct purity and recovery requirements are moderate [6, 9, 10] . Multiple stages with/without recycle system can be significantly affected by process design. The design of a membrane separation [configurations (c)-(g)], are typically required for more demanding separations [2, 4, 7, 11] . The process involves the determination of: (1) the configuration of the permeators; and (2) the operdesign of multi-stage systems is very complex because it usually is unfeasible to enumerate and ating conditions of the individual permeators. As shown in Fig. 1, a conditions of each network. The final design is the nonlinear algebraic equations can be solved very efficiently and yield excellent prediction accuchosen to be the membrane system which yields racy over a wide range of operating conditions. In the most favorable economics. Spillman et al. [14] this paper, we utilize the approximate binary model design membrane systems to separate CO 2 /CH 4 to develop a systematic design strategy for spiralmixtures encountered in natural gas treatment and wound membrane processes. Nonlinear programenhanced oil recovery. The performance of each ming techniques are used to determine operating configuration shown in Fig. 1 is discussed, and a conditions which satisfy the separation requirefew configurations are optimized for a particular ments while minimizing the annual process cost. feed composition. However, the optimization Our aim is to provide a general methodology for method is not described in any detail. [19, 20] .
In this section, we describe the nonlinear algeBy utilizing new optimization variables rather than braic equations which comprise the approximate the usual operating variables, a grid search method permeator model. A more detailed discussion of is used to optimize the operating conditions for the model is given elsewhere [21] . The model several different configurations. However, the grid development is based on Fig. 2 , which depicts search procedure is much too inefficient for practical design problems. Pettersen and Lien [18] study the design of single-stage and multi-stage membrane systems using an algebraic model for hollowfiber permeators. Because it neglects pressure drop inside the hollow fiber, the model does not yield accurate predictions when the feed has a mole fraction of the more permeable component greater than 0.3-0.5. As a result, the model is not appropriate for the design of multi-stage separation systems in which some permeators have a high feed CO 2 concentration. Recently we proposed an approximate modeling technique for spiral-wound permeators separating binary [21] and multicomponent [22] gas mixtures. The development of the approximate models is based on simplifying basic transport models which include permeate-side pressure drop. The resulting The third equation describes the relation between the dimensionless permeation factor, wound permeator. The first equation describes the permeate-side pressure distribution,
where c is the ratio of the permeate-side and feedand the local permeate concentration along the side pressures; c 0 is c at the permeate outlet; w r is residue outlet y∞ r : the dimensionless residue gas flow rate; h is the dimensionless membrane leaf length variable; and:
Here I(c, y∞ r ) is an integral function which is The remaining variables are defined in the approximated using Gaussian quadrature [23] , Nomenclature. The pressure coefficient C can be factored into a form involving the membrane area I(c, y∞
and the feed conditions:
where N is the number of quadrature points,
is the quadrature weight at quadrature point j j , and: where U f is the feed gas flow rate, P is the feed-
(10) side pressure, A is the membrane area, and C◊ is a parameter that depends on the internal properties
The fourth equation describes the relation of the permeator. The second equation describes between the local feed-side concentration x and the effect of c and the local permeate concentration the local permeate concentration y∞: y∞ on the ratio of local residue flow rate to the feed flow rate w, y∞
Simultaneous solution of Eqs. (1), (6), (8) and (11) with x=x f and y∞=y∞ f at the quadrature points yields c(h), w r (h), y∞ r (h), and y∞ f (h) [21] . The local where y∞ f is y∞ at the feed inlet, a is the membrane residue concentration x r (h), which is the local feedselectivity, and:
side concentration along the residue end of the membrane leaf, is obtained from Eq. (11) 
expressions which can be approximated using Gaussian quadrature. For most operating conditions, a single quadrature point at h 1 =0.5 is suffiTherefore, the dimensionless feed-side flow rate at cient. In this case, the resulting equations are [21] : residue outlet can be written as,
where y∞ r is y∞ along the residue outlet of the lost CH 4 is converted to sales gas value. The gas volumes are calculated at standard condinon-negativity constraints.
tions (0.102 MPa, 273 K ). The pressure parameter An example of the mathematical formulation for C◊ is based on an estimated value obtained from a three-stage configuration [ Fig. 1(g) ] is shown in experiment data [21, 24] . In this work, we assume the Appendix. Other configurations in Fig. 1 Fig. 3 shows the effect of feed composition on the process cost, total membrane area, compressor operation). Table 1 Optimal separation systems at nominal conditions for natural gas treatment power, and CH 4 recovery for each configuration expense of large membrane area and high power consumption. Therefore, the process costs for these in Fig. 1 The feed flow rate has no effect on the optimal 4.3. Effect of economic parameters operating conditions, but it does change the size of the required equipment.
To investigate the effect of economic parameters on the optimal separation system, we consider variations in the capital cost of membrane housing
Effect of membrane properties
and compressors, the expense of membrane replacement, and the price of the sales gas. For  Fig. 5 shows the effect of membrane selectivity on three configurations [(a), (d) and (f )] with the systems without recycle [configurations (a) and (c)], the operating conditions are determined solely most favorable economics. As expected, increasing selectivity significantly decreases the process cost by the membrane properties and separation requirements because no extra degree of freedom and increases CH 4 recovery, especially when the selectivity is relatively low. Although not shown are available for economic optimization. For these configurations, variations in economic parameters here, we have investigated the effect of parameter C◊ from 0 to 30 MPa2m2s/mol for the same three change the process cost linearly and the operating conditions do not change. Therefore, we consider configurations. As expected, the process cost is the lowest if there is no permeate pressure drops (i.e.
only the multi-stage configurations (d ) and (f ).
Varying membrane housing capital from 50 to C◊=0). As the permeate pressure drop increases, the process cost increases as more membrane area 700 $/m2 membrane results in small changes in optimal operating conditions and CH 4 recoveries, and compressor power are needed, while the CH 4 recovery decreases.
while the process cost increases in linear fashion. This indicates that membrane housing capital does Configuration (d ) is preferred when the sales gas not have a strong effect on the optimal separation price is low, while configuration (f ) has better system. The effect of compressor capital cost on performance at high sales gas prices because it the two configurations is shown in Fig. 6 . The yields higher CH 4 recoveries. We also have investiprocess cost increases with increasing compressor gated the effect of the membrane replacement cost. However, the cost increase can be reduced expense from 30-150 $/m2 membrane. Although substantially by optimizing the operating condinot shown here, these variations have no effect on tions. To balance the increased compressor cost, the optimal operating conditions, while the process the compressor power and membrane area are cost increases linearly with increasing replacereduced at the expense of decreased CH 4 recovery. ment cost. Note that the second and third stages have very small membrane areas when compressor capital 5. Enhanced oil recovery cost is very high, at which point both configurations effectively reduce to the single-stage configu-
The separation of CO 2 /CH 4 in enhanced oil ration (a).
recovery differs from that in natural gas treatment As shown in Fig. 7 , the sales gas price has a because both the residue and permeate streams strong effect on optimal operating conditions. Note must satisfy concentration requirements. For that there is an intersection point where the process cost for the two configurations are identical.
single-stage configurations [(a) and (b)] and some two-stage configurations [(c) and (d)], the addimore cost effective. At feed compositions less than 40% CO 2 , the first-stage membrane area of configtional constraint that the permeate concentration must contain at least 95% CO 2 causes infeasibilities uration (f ) goes to zero, and the three-stage configuration becomes identical to the two-stage for a wide range of feed compositions. In fact, these configurations are feasible only when the configuration (e). The effect of feed pressure at the nominal feed composition is shown in Fig. 9 . As feed CO 2 concentration is greater than 80%. Therefore, the subsequent analysis is restricted to expected, increasing feed pressure always yields lower process cost, less membrane area, and less configurations (e), (f ) and (g). Table 2 gives the optimal separation system for these configurations compressor power. It is interesting to note that configuration (g) has the lowest cost for all feed at the nominal operating conditions. pressures considered. Fig. 8 shows a comparison of the three configurations for different feed compositions. The three-
Effect of feed conditions 5.2. Effect of economic parameters
The effect of membrane housing capital, compressor capital, sales gas price, and membrane stage system with permeate and residue recycle [configuration (g)] provides the lowest process cost replacement expense on the optimal operating conditions for the three configurations also has for feed CO 2 compositions less than 50%. For higher feed concentration, the three-stage system been investigated. It is interesting to note that variations in these parameters have much less with residue recycle [configuration (f )] becomes Table 2 Optimal separation systems at nominal conditions for enhanced oil recovery impact on process economics than in natural from 250-2500 $/KW, sales gas price from 15-100 $/km3, and membrane replacement from gas treatment. For each configuration, optimal operating conditions are not changed signifi-15-180 $/m2 membrane. The process cost increases linearly with the economic parameters, while the cantly by variations in membrane housing from 50-700 $/m2 membrane, compressor capital CH 4 recovery is always 98.79% for all configura-
Effect of separation requirements
For the three-stage system with permeate and residue recycle [configuration (g)], we investigate the effect of residue and permeate composition constraints on the optimal operating conditions for a feed CO 2 concentration of 20%. Fig. 10 shows the effect of the residue constraint (nominally 2%) on the optimal separation system. The process cost increases rapidly when the maximum CO 2 concentration in the residue is decreased as a result of increased membrane area and compressor power. It is interesting to note that the secondstage permeator and compressor are strongly affected, while the other permeators and the other compressor are effectively unchanged. The effect of the permeate composition constraint (nominally 95%) is shown in Fig. 11 . The process cost increases significantly as the constraint becomes more stringent. As before, the second-stage permeator and compressor are most strongly affected by variations in this constraint. These results indicate that the proposed model and optimization procedure are sufficiently robust to optimize permeator systems with very stringent separation requirements.
Summary and conclusions
A systematic design strategy for spiral-wound membrane systems based on an algebraic permeator model and nonlinear programming has been proposed. Case studies for the separation of CO 2 /CH 4 mixtures in natural gas treatment and enhanced oil recovery have been presented. Sensitivity of the proposed designs has been investigated by changing operating conditions, membrane properties, and economic parameters. It is ment, while three-stage configurations with permeate and/or residue recycle are appropriate for enhanced oil recovery. The proposed design tions. This is attributable to the fact that the optimal operating conditions are dominated by method provides an efficient tool for optimizing multistage membrane separation systems, includthe separation requirements rather than economic parameters in the objective function.
ing those with stringent separation requirements. Fig. 10 . Effect of residue composition constraint on optimal Fig. 11 . Effect of permeate composition constraint on optimal separation system for enhanced oil recovery.
separation system for enhanced oil recovery.
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